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Abstract
The hydrodynamic characteristics viz. the pressure drop, bed expansion and phase

holdup profile of a co-current three-phase fluidized bed with an antenna type air sparger



have been determined. Correlations for minimum liquid fluidization velocity, bed voidage
and gas holdup have been developed. The bed voidage is found to increase with the
increase of both liquid and gas velocities. The gas holdup increases with gas Froude
number, but decreases with liquid Reynolds number. The gas holdup is a strong function
of the Froude number. The experimental values have been found to agree well the

correlations.
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1. Introduction

Gas-liquid-solid fluidization also known as three-phase fluidization is a subject of
fundamental research since the last three decades due to its industrial importance. Three-
phase fluidized beds have been applied successfully to many industrial processes such as
in the H-oil process for hydrogenation and hydro-desulfurization of residual oil, the H-coal
process for coal liquefaction, Fischer-Tropsch process, and the bio-oxidation process for
wastewater treatment. Three-phase fluidized beds are also often used in physical
operations [1]. The cocurrent gas-liquid flow in the three-phase fluidized bed with liquid
continuous and gas in dispersed state is quite significant compared to other types [1, 2].
The co-current gas-liquid-solid fluidization is defined as an operation in which a bed of
solid particles is suspended in upward flowing gas and/or liquid media due to the net
gravitational force (i.e. gravitational force — buoyancy force) on the particles. Such an
operation generates considerable intimate contact among the gas, liquid and solid particles
in the system and provides substantial advantages for applications in physical, chemical or

biochemical processing involving gas, liquid and solid phases [3].



The successful design and operation of a gas-liquid-solid fluidized bed system
depends on the ability to accurately predict the fundamental characteristics of the system,
viz. the hydrodynamics, the mixing of individual phases, and the heat and mass transfer
characteristics [4-5]. Knowledge of minimum liquid fluidization velocity is essential for
the successful operation of gas-liquid-solid fluidized beds. For such systems the minimum
liquid fluidization velocity is the superficial liquid velocity at which the bed becomes
fluidized for a given gas superficial velocity [6]. The minimum liquid flow rate required to
achieve fluidization is determined by a plot of the bed pressure drop against the superficial
liquid velocity at a constant gas flow rate and the corresponding liquid velocity is taken as
the minimum liquid fluidization velocity [4]. Visual observation determines the minimum
liquid fluidization velocity as either the velocity at which the bed first begins to expand or
as the velocity at which any particle within the bed continuously shifts position with
neighboring particles [7].

For chemical processes, where mass transfer is the rate-limiting step, it is
important to be able to estimate the gas holdup since this relates directly to the rate of
mass transfer [8-10]. The following equations have typically been used to determine the

volume fraction (holdup) of each phase in a three phase fluidized bed:
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Where the bed height in Eq. (2) and (3) is obtained either visually or from the
measured pressure drop gradient [1, 11]. A more direct method of measuring gas holdup is
to simply isolate a representative portion of the test section by simultaneously shutting two

quick closing valves and measuring the fraction of the isolated volume occupied by the



gas [2]. Other most promising methods of measuring the local gas holdup are
electroresistivity and electro conductivity methods, y - ray transmission measurements and
radioactive tracer techniques [2-4, 12, 13].

In case of environmental applications of liquid-solid fluidized bed as anaerobic
bioreactor and gas-liquid-solid fluidized bed as aerobic bioreactor for waste water
treatment, a higher bed inventory is preferred as it increases the global depollution
efficiency of the operation. Biological treatment is a slow process and needs long
residence time for the waste water in the bed. Thus in this particular application, the
design and operation of the fluidized bed should ensure a good quality of fluidization as
well as sufficiently long residence time for the liquid (i.e. low liquid velocity). Sufficient
contact time between micro-organisms and the pollutants is achieved in the system and
maximum solid surface is available to the liquid. This emphasizes the study of the effect
of bed mass on liquid-solid and gas-liquid-solid fluidization characteristics [14].

In the above cited literature the solid phase used is spherical particles: like glass
beads, steel balls, plastic beads and other spherical catalyst particles, cylindrical particles:
like aluminum cylinders and pvc cylinders other cylindrical catalyst particles and irregular
particles like: sand, irregular gravel, quartz particles etc. having sphericity ranging from
0.7 — 1.0 approximately. Three-phase fluidized beds have been applied successfully in the
bio-oxidation process for wastewater treatment in which various low-to-moderate density
solid particles of different shape and size are used as cell support. In such reactors high
surface area of the particle is desirable, which can be used as solid support for
microorganisms, thus resulting in higher mass transfer rate. This can be achieved by the
use of hollow cylindrical particles as, these possess very high surface to volume ratio i.e.

of low sphericity.



In the present study have been conducted to examine the hydrodynamic behavior
viz. the pressure drop, minimum liquid fluidization velocity, bed expansion and phase hold
up of a co-current gas-liquid-solid three-phase fluidized bed with a modified air sparger
using liquid as the continuous phase and gas as the discontinuous phase. Ceramic raschig
rings having sphericity of 0.58 have been used as the solid phase as it is of moderate
density and high surface to volume ratio due to its hollow cylindrical structure. These have
been done in order to develop a good understanding of the gas holdup in low-moderate
Reynolds number range. Correlation for minimum fluidization velocity, bed voidage and
gas holdup have been developed from experimental data by dimensional analysis approach
and compared with the correlation of Song et al. [15] and Safoniuk et al. [8] as they have

used cylindrical particle as the solid phase.

2. Experimental Set-up and Techniques

A schematic representation of the experimental setup is shown in Fig. 1. The
experimental fluidized bed consists of three sections, v.i.z., the test section, the gas-liquid
distributor section, and the gas-liquid disengagement section. The test section is the main
component of the fluidizer where fluidization takes place. It is a vertical cylindrical
Plexiglas column of 0.1 m internal diameter and 1.88 m long. Any entrained particles are
retained on the 16-mesh screen attached to the top of the column. The gas-liquid
distributor is located at the bottom of the test section and is designed in such a manner that
uniformly distributed liquid and gas mixture enters the test section. The distributor section
made of Perspex is fructo-conical of 0.31 m in height, and has a divergence angle of 4.5°
with one end of 0.0508 m in internal diameter and the other of 0.1 m in internal diameter.
The liquid inlet of 0.0254 m in internal diameter is located centrally at the lower cross-

sectional end. The higher cross-section end is fitted to the test section, with a perforated



plate made of G.I. sheet of 0.001 m thick, 0.12 m diameter having open area equal to 20 %
of the column area with a 16 mesh (BSS) stainless steel screen in between. This has been
done with a view to have less pressure drop at the distributor plate and a uniform flow of
the fluids into the test section. There is an antenna-type air sparger of 0.09 m diameter just
below the distributor plate containing 50 number of 0.001 m holes, for generating uniform
bubbles to flow throughout the cross-section of the column. In this section the gas and
liquid streams are merged and passed through the perforated grid. The mixing section and
the grid ensured that the gas and liquid are well mixed and evenly distributed into the bed.
The gas-liquid disengagement section at the top of the column is a cylindrical section of
0.026 m internal diameter and 0.034 m height, assembled to the test section with 0.08 m of
the test section inside it, which allows gas to escape and liquid to be circulated through the
outlet of 0.0254 m internal diameter at the bottom of this section.

For pressure drop measurement in the bed, the pressure ports have been fitted to
the manometers filled with carbon tetrachloride. Pressure ports are available at seven
different levels of equal spacing including one at bottom and one at the top of the test
section. This has been done to measure the pressure drops at a particular section at three
different radial positions viz. at the wall, at the center of the column and at one fourth of
the diameter of the column from the wall. With this arrangement, the wall effect,
distribution of particle concentration and the gas holdup can be studied clearly.

The three-phase solid, liquid and gas are ceramic raschig rings, tap water and the
oil free compressed air respectively. The scope of the experiment is presented in Table 1.
The air-water flow was co-current and upwards. Accurately weighed amount of material
was fed into the column and adjusted for a specified initial static bed height. Water was
pumped to the fluidizer at a desired flow rate using water flow meter. Then air was

injected into the column through the air sparger at a desired flow rate using air flow meter.



Three calibrated flow meters with different ranges each for water as well as air have been
used to accurately record the flow rates. Approximately five minutes was allowed to make
sure that the steady state was reached. Then the readings of the manometers and the
expanded heights of the bed was noted. For gas holdup measurement, the quick closing
valves (9, Fig. 1) in the water and air line were closed simultaneously. At first free board
experiment with wide variation of gas and liquid flow were conducted to calculate the two

phase fractional gas hold up using Eq. (4).
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Similarly the gas holdup was calculated for the fluidization experiment with

particles. The gas holdup in the three-phase region is calculated by subtracting the gas
holdup in the two-phase region above the three-phase zone. The region above the
expanded bed was the two-phase region. The values of minimum fluidization velocity for
every run were obtained by plotting pressure drop across the bed against liquid flow rates
at constant air flow rate. The procedure was repeated for different gas and liquid velocities

at varying static bed heights.

3. Results and discussion

Experiments were conducted with the gas and liquid flow rates which varied from
0 - 0.127389 m/s and from 0 — 0.14862 m/s respectively. To ensure steady state in
operation at least five minutes were allowed after which the readings for minimum

fluidization, bed expansion, and gas holdup were noted down.

3.1. Pressure drop and minimum fluidization velocity



Fig. 2 shows the variation of pressure drop with superficial liquid velocity in gas-
liquid-solid system for different initial static bed heights. The experimental pressure drops
found are very close to that can be obtained from basic force balance in two phase
fluidization, which indicates no wall effect to fluidization in this case. As the ratio of
column diameter to the equivalent diameter of the pipe is 14.5 wall effects is not expected,
wall effect is prominent when the ratio is less than 8. The pressure drop obtained from
manometer reading for a three phase system does not represent the true frictional drag on
the solid particles which holds the particles in suspended conditions as the hydrostatic
pressure in the column changes due to gas holdup. On the other hand the pressure drop
measurement is used to calculate the phase holdup in the bed.

The minimum fluidization velocity in this study was obtained from the plot of
pressure drop and superficial liquid velocity. Some researchers have shown the variation
of minimum fluidization velocity with the bed mass (or initial static bed height) which is
an uncommon phenomenon [14]. In the present case the effect of bed mass on minimum
liquid fluidization velocity has been studied as represented in Fig. 2. It is observed that bed
mass (or initial static bed height) has no effect on minimum fluidization velocity. At all
the bed heights the minimum liquid fluidization velocity has been found to be 0.02654
m/s. which agrees well with the detailed study on the effect of column diameter and initial
static bed height on the minimum fluidization velocity in a three-phase fluidized bed by
Begovich and Watson [4]. Since fluidization of a bed is achieved when the upward inertial
and drag forces exerted on the particles by the fluids equal the buoyant weight of the bed,
an effect of static bed height on the minimum fluidization velocities would only be
expected if end effects were present in the bed.

The pressure drop profile with variation of superficial liquid velocity for gas-

liquid-solid system at different constant superficial gas velocities shown in Fig. 3. From



this pressure drop profile the minimum liquid fluidization velocity has been determined. It
can be seen from this figure that the minimum liquid fluidization velocity decreases with
the gas velocity. The decrease in minimum liquid fluidization velocity may be due the
contribution of the gas to the total drag on the particles by the gas-liquid up ward flow.
The relative velocity may promote fluidization at a lower liquid fluidization velocity. Fig.
4 shows the variation of minimum liquid fluidization velocity (Vims with superficial gas
velocity. It can be seen from the figure that the rate of decrease in minimum liquid
fluidization velocity is large at lower gas velocity but the rate decreases as gas velocity
increases. The sharp decrease in minimum liquid fluidization velocity with introduction of
the gas indicates the bubble supported fluidization in presence of gas, but with increase in
the gas velocity the contribution of the gas to fluidization decreases. In the present study
continuous decrease in Vi, is observed whatever small the change may be. Briens et al [6]
have reported a little different trend. According to them the decrease in Vs is large at
lower gas velocity but the rate decreases as gas velocity increases, however at higher gas
velocity; the minimum liquid fluidization velocity becomes almost constant

The minimum liquid fluidization velocity for liquid-solid fluidization is within 5%
that predicted from the correlation of Wen and Yu [16] marked as short horizontal line in
Fig. 4. Song et al. [15] have experimentally predicted the minimum liquid fluidization
velocity by pressure gradient method for cylindrical hydrotreating catalysts in a three-
phase fluidized bed. They have proposed a correlation given by Eq. (5) for the prediction

of Vs in a three-phase fluidized bed with cylindrical particles.
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In the present work as hollow cylindrical particles have been used as the solid

phase, the same correlation given by Eq. (5) has been used to calculate the Vi, The
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calculated values of Vs from Eq. (5) using the equivalent diameter have been compared
in Fig. 4. Very close agreement is seen between the calculated and the experimental
values. In some cases both the values are found to be almost same. Here a correlation for
minimum liquid fluidization velocity has been developed in dimensional form. The
parameters of importance are gas velocity, particle size, column diameter, static bed
height, and density of solid, liquid and gas. In this experiment except in the variation of
gas velocity and static bed height, other parameters have been kept constant. As from the
above results it is observed that bed mass (initial static bed height) has no effect on
minimum liquid fluidization velocity, only the relation between Vi and superficial gas
velocity V, will therefore be in the form

Vime= 0.0049(V,) "> (6)
(with a correlation factor of 0.9564 and standard deviation of 0.0698).

By using this correlation given by Eq. (6) the Vi, have been calculated for
different gas velocities and have been compared with their respective experimental values.
The values calculated from correlation have been found to agree well with the
experimental values with standard and mean deviation of 0.06975 and 0.06014
respectively. Thus, the correlation given by Eq. (6) can be used for such system to predict

the Vinrat all gas velocities except the zero gas velocity.

3.2. Bed voidage

The expanded bed height was measured by visual observation and the data were
compared with the pressure drop profile along the length of the column measured by a
number of manometers. Fairly good agreement was observed between two measurements.

The bed expansion study carried out by varying liquid velocity (at a constant gas velocity)
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has been presented in terms of bed expansion ratio in Fig. 5. It is seen from the figure that
the bed expansion ratio increases with increase of both the liquid and the gas velocities.
The bed voidage or bed porosity is defined as the fraction of the bed volume
occupied by both liquid and gas phases and as such directly proportional to the expanded
bed height. As in the present study hollow cylindrical particles have been used as the solid
phase, the bed expansion simply does not relate to the bed voidage unless the hollow
volume is taken into account. The bed voidage has been calculated by considering the
hollow volume and has been represented graphically in Fig. 6 for the conditions above the
minimum fluidization. Song et al. [15] have rewritten the original Begovich and Watson
[4] correlation by introducing shape factor term for calculation of bed voidage of
cylindrical particles in three-phase fluidized bed with air and water as the gas and the

liquid phases respectively. The correlation of song et al. [15] is given as under:
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The bed voidage for the three-phase fluidized bed calculated from the above
equation has been presented graphically in Fig. 6. Bed voidage both experimental and
calculated from Eq. (7) have been plotted against superficial liquid velocity at different
constant gas velocities. It is clear from this that the bed voidage increases with increase of
both the liquid velocity and the gas velocity. The bed voidage is a strong function of liquid
velocity, but is a weak function of gas velocity. For almost all cases the experimental bed
voidage is found to be less than that is predicted from Eq. (7). There is higher deviation
between the values at lower liquid velocities but close agreement is seen for higher liquid
velocities. This may be due to the fact that the correlation developed by song et al. [15] is
from their experimental bed voidage obtained at higher gas and liquid velocities than the

present study. This indicates the correctness of Eq. (7) for predicting bed voidage at higher

gas and liquid velocities where the bed expansion ratio is nearly greater than 2.5. In Fig. 7
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the plot of bed voidage (experimental and calculated from Eq. (7)) vs. bed expansion ratio
shows the same trend. A singe line for experimental bed voidage is seen in the figure for
all gas velocities as the former has been calculated from the experimental bed expansion
ratio. Fig. 8 shows the variation of bed voidage with the ratio of superficial liquid to gas
velocity. It is clear from the plot that for higher gas velocities (liquid to gas velocity ratio
<1.5), there exists very close agreement between the experimental bed voidage and that
calculated from Eq. (7).

A simple correlation has been developed from the experimental data of bed
voidage above the minimum fluidization condition upto the expanded bed height of about
3.5 times that of the initial static bed height. In this experiment the particle size, sphericity
and density of the solid, viscosity and density of liquid, and column diameter are constant.
Thus the bed expansion or bed voidage determined here is a simple function of gas and
liquid velocities and initial static bed height. Fig. 9 is the plot of the variation of bed
expansion ratio with superficial liquid velocity at a constant gas velocity for different
initial static bed heights. It is clear from the plot that the bed voidage is not a function of
the initial static bed height as the bed expansion ratio is more or less same for all the cases.
Thus the bed voidage for this case is a function of gas and liquid velocities only and can
be written as in the range of 0.0425 m/s < V; < 0.1380 m/s and 0.0212 m/s <V, < 0.1062

m/s, this leads to:
o= 3.29v|0~4220v§-1469 (8)
(with a standard deviation of 0.02483, mean deviation of 0.01910 and a correlation
coefficient of 0.9701)

The bed voidage values calculated from Egs. (7) and (8) are compared with the

experimental ones in Fig. 10. Fairly good agreement is seen between the experimental

values and with those calculated by both the equations for air-water system. More than
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65% of the data of Song et al. [15] and all values from present correlation are within 10%.
Where as all the values from Eq. (7) is within 20% but with almost positive deviation from
experimental ones.

Fig. 11 shows the variation of bed voidage with superficial gas velocity at
minimum fluidization. The minimum fluidization condition has been determined from
pressure drop profile and the bed height by visual observation. Then the bed voidage has
been calculated from bed height at minimum fluidization. It is clear from the plot that bed
voidage of three-phase bed is less than that of the liquid-solid bed for all gas velocities. At
the introduction of the gas the bed voidage is first reduced and then with increase of the
gas velocity it increases. Kim et al [11] have shown a continuous increase in bed voidage
for 6 mm glass beads and 2.6 mm irregular gravels, but decrease in bed voidage for Imm
glass beads for air-water system. It is indicated from the figure that in the presence of gas
phase a more compact bed is possible than in two-phase liquid solid system. The injection
of small amount of gas causes the bed to collapse, but with increase in gas velocity the bed
voidage again increased. The increasing trend is same as of Kim et al. [11] for large

particles as with increase of gas velocity the bubble size increases.

3.3 Gas holdup

Fig. 12 shows the variation of fractional gas holdup with superficial liquid velocity
at different values of fixed superficial gas velocity. It is seen from the figure that with
increasing liquid velocity, the gas holdup decreases. However the variation of fractional
gas holdup with liquid velocity is very small. Several workers have reported that the
fractional gas holdup is practically unaffected by liquid velocity except at very high liquid

superficial velocities [8]. According to Dhanuka and Stepanek [3] and Song et al. [15]
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there is a slight decrease in gas holdup with liquid velocity [3, 15]. This may possibly be
due to the lower residence time of the gas bubbles in the bed at higher liquid velocities.

Fig. 13 represents the variation of fractional gas holdup with superficial gas
velocity, at constant liquid velocities. As seen from the figure, the fractional gas holdup
increases monotonically with the gas velocity with relatively higher values of the slope at
low gas velocities. This corroborates the findings of Dhanuka and Stepanek [3] and
Safoniuk et al. [8]. In lower range of gas velocity, an increase in gas velocity results in the
formation of a larger number of gas bubbles without appreciable increase in the bubble
diameter. Therefore an increasing fractional gas holdup is observed. As gas velocity
increases the bubble size grows due to bubble coalescence, and relatively the gas holdup
decreases. As the experiment has been conducted for the gas velocity range pertaining to
the distributed bubble regime, the decrease in slope is not significant which is observed for
the transformation to the slug flow regime.

In air-water systems, both coalesced bubbling and dispersed bubbling regime are
observed and the gas holdup behaviour strongly depends upon the flow regime. In the
present experimental range of gas liquid velocities mainly dispersed bubbling regime is
observed. For dispersed bubbling regime, the gas holdup in three-phase fluidized beds
containing cylindrical catalysts, correlation in terms of gas particle Froude number (Fr,)
and the liquid particle Reynolds number (Re;) has been proposed by Song et al. [15],

which is given by the following correlation (Eq. (9)).

£g =0.280Frg-120 Re 00873 9)
This correlation predicts much lower value of gas holdup than the experimental ones as
shown in Figs. 14 and 15. At low gas velocity the gas holdup calculated from Eq. (9) is

close to experimental value, but as the gas velocity increases the deviation becomes more

and more. The latest correlation for predicting gas holdup available in literature for
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cylindrical solid particles is by Safoniuk et al. [8]. They have proposed the correlation for

gas holdup in terms of modified gas Reynolds number (Re,), which is given by Eq. (10).
£q =0.014*Re 42 (10)

Gas holdup predicted from Eq. (10) has been compared with that obtained from the
present experiment in Figs. 14 and 15. It is seen from Fig. 14 that Eq. (10) predicts the gas
holdup higher than the experimental ones at lower gas velocities, but close agreement is
there at higher gas velocities. As both the correlations are not accurately predicting the gas
holdup for hollow cylindrical particles for the present range of experiments, a correlation
in the form of Eq. (9) has been proposed here from the experimental data to predict the gas
holdup. For this the results have been fitted to a power-law equation passing through
origin (zero gas holdup at zero gas flow). For the range of 362.275 < Re; < 905.772 and

0.0067 < Fr, < 0.1674, this leads to:
£¢ =1.3567Frg %3 Re; 01466 (11)

(with a standard deviation of 0.039 and a correlation coefficient of 0.994).

Close agreement between the gas holdup predicted from Eq. (11) and experimental
ones is seen from Figs. 14 and 15. From the experimental data some are taken for the
development of correlation as Eq. (11). Rest of the experimental data along with those
used for developing the correlation has been compared with those of the calculated values
of gas holdup from Eq. (11). More than 95% are within 10%, where as all are within 20%.
This shows a very good agreement and the significance of the developed correlation.
Except at lower gas velocities i.e. at lower gas hold up range for all other cases the
predicted gas holdup from Eq. (10) of Safoniuk et al. [8] is within 20% deviation from the
developed correlation. The reverse trend is shown by Eq. (9) of Song et al. [15] i.e. the
predicted gas holdup except for the lower range have a negative deviation of more than

20% and the deviation increases at higher values of gas holdup.
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4. Conclusions

Bed pressure measurement, a standard technique gives the minimum liquid
fluidization velocity in the range of 0.06344 to 0.01485 m/s, which continuously decreases
with superficial gas velocity over range of experimental conditions. The bed voidage has
been found to increase with both gas and liquid velocities in the fluidization regime. The
bed voidage at minimum fluidization is found to be 0.54586 for liquid-solid fluidization,
which suddenly decreases with the introduction of the gas. Later with increase in gas
velocity the bed voidage increases, but for all cases the bed voidage at minimum
fluidization in three-phase has been found to less than the liquid-solid bed. The gas holdup
increases with gas velocity and decreases with liquid velocity but is a weak function of the
latter. The experimental data and the developed correlations may be useful for better
understanding of the behaviour of a gas-liquid-solid fluidized bed system using hollow

cylindrical particles as the solid phase.

Appendix A. Nomenclature

A cross-sectional area of the column (m?)
de equivalent diameter of particle (m)
D, column diameter (m)

Fr, gas particle Froude number (ng/deg)

g acceleration due to gravity (m/s”)

H total height of test section (m)

H, height of the liquid in the column after the escape of gas (m)
H. height of expanded bed (m)

H; initial static bed height (m)

17



M; mass of the solid in the bed (kg)

% pressure gradient in the bed (Pa/m)

R bed expansion ratio (He/Hs)

Re;  particle liquid Reynolds number (p; Vi dp/py)

Re,  modified gas Reynolds number (B,* Rey)

Vi liquid velocity (m/s)

V, gas velocity (m/s)

Vim¢  minimum liquid fluidization velocity for a three-phase system (m/s)

V¢ minimum liquid fluidization velocity for liquid-solid system (m/s)

Greek symbols

€ bed voidage

€, €, & fractional gas, liquid and solids holdup respectively
Bu ratio of superficial velocities (Vy/ Vi)

Pe, P, Ps  gas, liquid and particle density (kg/m®)

L liquid viscosity (Pa.s)
Subscripts

1 liquid phase

g gas phase

s solid phase
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Figure captions.

Fig. 1. Schematic representation of the three-phase fluidized bed.

Fig. 2. Variation of bed pressure drop with liquid velocity for different static bed heights at
V= 0.06369 m/s.

Fig. 3. Variation of bed pressure drop with liquid velocity for different gas velocities at H
=0.214 m.

Fig. 4. Variation of minimum liquid fluidization velocity with gas velocity.

Fig. 5. Variation of bed expansion ratio with liquid velocity for different gas velocities at
H,=0.214 m.

Fig. 6. Variation of bed voidage with liquid velocity for different gas velocities at Hy=

0.214 m.
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Fig. 7. Variation of bed voidage with bed expansion ratio for different gas velocities at Hj
=0.214 m.

Fig. 8. Variation of bed voidage with ratio of liquid to gas velocity for different gas
velocities at H,=0.214 m.

Fig. 9. Variation of bed expansion ratio with liquid velocity for different initial static bed
heights at gas velocity of 0.0637 m/s.

Fig. 10. Comparison of calculated values of bed expansion ratio from Egs. (7) and (8) with
the experimental values.

Fig. 11. Variation of bed voidage with gas velocity at minimum fluidization at Hy= 0.214
m.

Fig. 12. Variation of gas holdup with liquid velocity for different gas velocities at Hy=
0.214 m.

Fig. 13. Variation of gas holdup with gas velocity for different liquid velocities at Hy =
0.214 m.

Fig. 14. Variation of gas holdup calculated from correlations and experimental with gas
velocity at Hy=0.214 m.

Fig. 15. Comparison of experimental values of gas hold-up with those calculated from

Egs. (9), (10) and (11).

Lists of Tables

Table 1. Scope of the experiment.
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Table 1

Scope of the experiment

A. Properties of bed materials

Materials L=0D, m ID, m Spherical volume- pp (kg/m®)
equivalent diameter, m

Ceramic raschig ring 0.0066 0.0033 0.006864 1670
Initial static bed height (m) 0.154 0214 0.264 0.314
B. Properties of fluidizing medium p (kg/m?) p (Pa.s)
Air at 25°C 1.187 0.0000181
Water at 25°C 997.15 0.000891
C. Properties of manometric fluid p (kg/m?) u (Pa.s)
Mercury 13,574 0.001526

Carbon tetra-chloride (CCly) 1,600 0.000942
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Fig. 1. Schematic representation of the three-phase fluidized bed.
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